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12.1 INTRODUCTION

The depletion of fossil fuel reserves, combinedwith the threat of the anticipated increase in
fossil fuel prices and the emissions of greenhouse gases (GHGs) due to the burning of trans-
portation fuel, has led to the development of new, clean technologies to produce biofuels.

Biomass, as a renewable source of energy, has great potential because of the absorption of
CO2 emissions by the growing biomass and the possibility of producing liquid transportation
fuels. One of the most known technologies for biofuel synthesis from biomass is the biomass
to liquid (BtL) technology. The process consists in the gasification of the biomass, synthesis
gas cleaning, Fischer-Tropsch (FT) synthesis, and, finally, hydroprocessing and distillation of
the liquid hydrocarbons. The synthetic diesel produced via FT synthesis is environmentally
friendly because of the lower concentrations of nitrogen, sulfur, and aromatics. Even though
some of the synthetic diesel properties such as density, viscosity, cetane number, and cold
flow properties do not fit within the standard limits (EN 590:2004, ASTM D975), by integrat-
ing the hydroprocessing stage into the flow of FT synthesis as the final step of upgrading, the
synthetic diesel properties can be improved. However, the density of the liquid obtained is
too low. A good description of the specifications of different diesel qualities produced by FT
synthesis is available [1].

The main objective of this chapter is to evaluate the production of FT diesel using BtL tech-
nology. The main issues discussed include the following:

• The history of FT synthesis and the importance of biomass as a new feedstock;
• Gasification of the biomass in order to produce synthetic gas and the pretreatment

technologies of the syngas to be able to use it in the FT synthesis;
• FT reactions from the thermodynamic and kinetic points of view;
• Catalysts and reactors used in FT synthesis;
• Specific parameters for the reduction of the catalysts and the operation of the FT reactor;
• Mechanistic consideration of the CO and H2 chemisorption and activation, surface

reaction, and growing chains;
• Deactivation aspects of the catalysts.

12.2 HISTORY OF FT SYNTHESIS AND NEW
DEVELOPMENTS IN BtL

Renewable energy sources (RESs) play a significant role in the sustainable energy policies
because of their potential for providing energy with low or even zero carbon emissions
using solar, wind, geothermal, nuclear, hydrogen, or biomass as energy resources. There
is an increasing interest across the world in substituting fossil fuels with renewable en-
ergy resources. Using alternative sources of energy can overcome the dependence on fossil
fuels, as well as the reserves limitation and uneven distribution implicating economic
and geopolitical concerns or GHG emissions. The European Renewable Energy Council ex-
pects that, by the end of 2040, the contribution of renewable sources to energy production
will increase by almost 50% [2]. In Figure 12-1, the RES scenario by the end of 2040 is
presented. As can be seen, biomass is the leader in the total energy consumption (80%)
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and it is predicted that from 2010 to 2040, the consumptionwill increase by 60%. Also, based
on the 2009/28/EC Directive, by 2020 the contribution of biomass to energy supply should
increase by 25% [3].

Thermochemical and biochemical conversion processes of biomass offer the opportunity to
transform a valuable resource into energy, biofuels, and biochemicals. Three generations of
biofuels can be obtained from biomass conversion: first generation, using vegetable oils,
sugar, and starch to produce biodiesel, bioethanol, or biogas; second generation, which
converts nonfood crops into FT diesel, bioalcohols, bio-oil, and biohydrogen; and third gen-
eration based on algae to produce biodiesel or vegetable oils. Of the three classes, only the
first- and second-generation biofuels are developed to the industrial scale. It is predicted that,
by 2030, the production of biofuels will increase by 28 times compared with the production in
2000. First- and second-generation biofuels will have the largest contribution in biofuel pro-
duction [4]. In Figure 12-2, the predicted scenario of global biofuel production by 2030 is
presented.

Even though first-generation biofuels rely on well-established technologies, there is con-
tinuous criticism related to the competition for food, availability, and efficiency of arable
lands, water supply, and production costs. The second generation of biofuels offers the pos-
sibility of converting waste or residues and nonfood crop feedstock, leading to a reduction of
GHG emissions due to land-use changes to 80-95%, with 40-50% less GHG emissions than the
reduction achieved by first-generation fuels [5].

FT and related syntheses transform syngas (hydrogen and carbon monoxide mixture with
a ratio near 2) into hydrocarbons and oxygenated compounds into second-generation
biofuels. Three main sources of varying importance, namely, natural gas, coal, or biomass,
are used in the syngas production step in three integrated processes: i.e., gas to liquid
(GtL), coal to liquid (CtL), and biomass to liquid (BtL), respectively.
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FIGURE 12-1 Renewable energy resourcers scenario by 2040.
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The reaction between CO and H2 on metallic catalysts to obtain methane at atmospheric
pressure was discovered in 1902 by Sabatier and Senderens [6]. Methanol synthesis under
pressure on zinc oxide-chromium oxide was developed around 1913 by Badische Anilin
Soda Fabrick [7]. Finally, in 1923, Fischer and Tropsch published their historic work related
to the reaction of synthesis gas on iron doped by alkali [8]. Other catalysts including cobalt
and nickel were also tested [9,10]. Research on FT synthetic fuels began in Europe on an
industrial scale at the Kaiser Wilhelm Institute in Mülheim and at Ruhrchemie during
the 1920s and 1930s, and the first commercial plant was constructed by the end of 1936.
Other companies such as Lurgi, Hoechst, and I.G. Farben participated in the development,
and 15 commercial plants (9 in Germany, 4 in Japan, and 1 each in France and Manchuria)
were operating in the 1940s, but most of them closed during or just after the Second
World War. A plant was completed in 1950 at Brownswille (Carthage Hydrocol and
Standard Oil, Indiana), but various problems restrained the plant from reaching more
than 30% of its design capacity (360�103 t a�1). Despite major modifications, the plant
was definitively closed in 1957. This plant was designed to maximize gasoline production
based on natural gas as syngas source with an iron catalyst and a fixed fluidized bed oper-
ating under pressure and between 305 and 340 �C (high-temperature FT process) (HTFT).
The first coal-based SASOL plant (SASOL 1) started in 1955 in South Africa. Compared to
the Hydrocol plant, its processing scheme was more complex. SASOL 1 combined both a
high-temperature (340 �C) process (HTFT) using a circulating fluidized-bed (CFB) and a
low-temperature process (LTFT) (230 �C) using a fixed bed. Both reactors operated under
pressure (respectively, 2 and 2.7 MPa), and iron catalysts were used in both processes.
The SASOL 1 plant design underwent changes over the years with the improvement of
the HTFT process (Synthol process, CFB unit) by SASOL and the use of an LTFT slurry-
bed reactor. In 2004, coal gasification was replaced by natural gas reforming, and was
shifted from a CtL to a GtL plant.
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SASOL 2 started in 1980, and in 1983 SASOL 3was commissioned (both HTFT plants). Syn-
gas was produced from coal using an iron-based FT catalyst. SASOL 2 and 3 were fully in-
tegrated and produced gasoline, diesel, and chemicals (160,000 bpd). The initial CFB
reactors were replaced in 1993 by SASOL Advanced Synthol reactors. Since 1993, another fa-
cility based on a fused iron catalyst and HTFT technology is being operated by Petro SA in
Mossel bay, but the plant is supplied with natural gas to produce mainly gasoline (HTFT
Synthol technology).

In 1993, in Bintulu Malaysia, Shell started the first facility based on both natural gas and a
cobalt FT catalyst. The plant was partly destroyed by an explosion in 1997, but was
recommissioned in 2000. Shell developed their LTFT technology based on the Shell Middle
Distillate Synthesis (SMDS) process. Heavy paraffins are synthesized in the FT process
and then converted to middle distillates by hydroprocessing (14,700 bpd).

The SASOL1 Oryx GTL plant was commissioned in Las Raffan (Qatar) in 2006 using LTFT
SASOL technology and a cobalt-based catalyst (SASOL proprietary catalyst). Since 2007, the
plant has been producing mainly diesel fuel, and naphta as a by-product (34,000 bpd). At Las
Raffan, the largest GTL plant (Qatar petroleum, Pearl GtL development) was also being
constructed (SMDS cobalt fixed-bed technology (140,000 bpd)).

About more or less the same time, new plants were being constructed in Nigeria, and some
companies (BP, Amoco, Statoil, etc.) and countries (Iran, Indonesia) are considering plants to
produce FT liquid fuels [11,12].

The three primary rawmaterials for the FT synthesis are coal, methane, and biomass. In the
beginning, coal or lignite was the starting material in Germany and South Africa. Actually the
opportunity for CtL will be in China and the United States. Methane is the raw material in
countries where there is a surplus of natural gas (Malaysia, Qatar, Nigeria, etc.). Both GtL
and CtL materials are well adapted to large-scale plants (�100,000 bpd). Small R&D GtL
plants are in operation in Italy (ENI, with a capacity of 20 bpd diesel [13]) as well as in Japan,
where Nippon GtL Technology Research Association established by JAPEX, JOGMEC,
and other corporations completed the construction of a 500-bpd demonstration plant at
the Niigata Port industrial park. Nippon GtL Technology Research Association developed
a new technology in which the CO2 contained in natural gas is used in FT synthesis without
the need for oxygen supply. Further demonstration tests are currently being conducted in
order to develop the technology at the commercial scale.

Multitubular fixed beds were used first in Germany and then in South Africa in the Shell
plant. This technology has been chosen for the largest modern plant in Qatar. Fixed-bed re-
actors (and also slurry reactors) are always associated with the LTFT process with iron- or
cobalt-based catalysts. The technology of ebullated beds or fluidized beds is associated with
HTFT mainly with iron catalysts. Both LTFT and HTFT have been operated in CtL and GtL
plants. The scale is totally different for BtL, which needs to be adapted to the biomass re-
sources and transportation. For BtL, small plants are required that produce some thousands
of bpd from local biomass. Depending on the difference of the scales of the different plants,
the types of reactors are totally different. Different types of reactor technology have been suc-
cessively developed depending on the nature of the products required, as well as the oper-
ating conditions and the catalysts used, but the exothermicity of the reaction is key to all of
their designs.
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For BtL, Choren has chosen a multitubular technology, but for smaller plants Velocys is
developing a technology with micro and mini reactors [14]. Such technology seems to be par-
ticularly well adapted to BtL or to concept GtL on floating production, storage, and offloading
vessels.

To produce hydrocarbons from syngas, the catalyst should be able to activate the carbon-
oxygen bond, and oxygen atoms need to be removed from the surface by water or CO2 for-
mation. Breaking of the CdO bond is possible only with a few metals, and only Ni, Co, Fe,
and Ru have sufficient activity toward hydrocarbons to be used in commercial applications.
Among these four metals, Ru is especially active but its price is around 50,000 times higher
than that of iron. Nickel is very active not only for breaking the CdC bond, but also for hy-
drogenation. So, its selectivity toward methane is very high. Finally, cobalt and iron catalysts
are the only two possible candidates. Generally, mainly cobalt is used for waxes and diesel
fuel production, and iron for gasoline production. To limit the growing chain, high temper-
atures (300-340 �C) are used for gasoline production and low temperatures (180-250 �C) for
synthesis of waxes.

Figure 12-3 illustrates the fact that, taking into account the nature of the catalysts and the
operating conditions (P, T), syngas chemistry (including FT products and oxygenated com-
pounds) is very versatile.
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12.3 SYNGAS: A RENEWABLE CARBON SOURCE
FROM BIOMASS

12.3.1 Resources and Production

The FT reaction produces long-chain hydrocarbons from synthetic gas, which is a mixture
of H2 and CO, over Co- or Fe-based catalysts [15–19]. The synthesis can be described as a po-
lymerization reaction, CO being hydrogenated with H2 to the C1 intermediate, which then
grows to form different hydrocarbons of variable lengths:

nCOþ 2nH2 ! �CH2�ð Þn þ nH2O (12-1)

In the case of BtL technology, the biomass is converted to synthetic gas by the gasification
process, a thermochemical conversion technology operating at 500-1200 �C in the presence of
a gasifying agent (air, oxygen, steam, CO2, or a mixture of these components) [15]. After the
gasification step, the synthetic gas produced contains H2, CO, and CO2 in high concentrations
and also small amounts of CH4, C2H6, C3H8, aromatic compounds (especially naphthalene,
benzene, toluene, and xylenes), tars, sulfur compounds, and nitrogen and chlorine com-
pounds. Because of this, a gas cleaning stage is necessary before using the syngas in FT syn-
thesis. After the FT synthesis itself, the last stage is the upgrading of the FT syncrude in order
to obtain high-quality diesel. A schematic view of BtL technology is shown in Figure 12-4 [16].

There are different biomass resources that can be used as gasification feedstock: wood,
sawdust, agricultural residues, forest residues, industrial wastes, organic domestic wastes,
sludge, etc. [16,20–24]. Analyses of the composition of different types of biomass used as feed-
stock in the production of synthetic diesel are given in Table 12-1.

As can be seen from Table 12-1, biomass has a low content of sulfur and nitrogen compared
to coal, but the heating value of about 18-20 MJ/kg is much lower than that of coal.

For gasification, there are several gasifiers developed at small or large scale. The gasifiers
can be classified based on several parameters [15,16,20,25–29] such as the following:

Gasification agent
• air-blown
• oxygen-blown
• steam-blown

- grinding
- drying
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- pressure/
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FIGURE 12-4 Schematic view of BtL technology.
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Pressure
• atmospheric gasifiers
• pressurized gasifiers
Temperature
• slagging
• no slagging
Fluid dynamics
• Fixed-bed gasifiers
• Fluidized-bed gasifiers
• Entrained-flow gasifiers
Heat supply
• indirectly heated gasifiers
• directly heated gasifiers
Bed material
• None in fixed-bed or entrained-flow gasifiers
• Catalytic bed material in fluidized-bed gasifiers

TABLE 12-1 Characteristics of Biomass as Feedstock for Synthetic Gas Production

Type

Moisture

(wt%)

Heating

value

(MJ/kg)

Volatile

matter

(wt%)

Fixed

carbon

(wt%)

Ash

(wt%)

Components (wt%)

Ref.C H O N S

Black poplar
wood

7.1 18.3 86 12.2 1.5 46.1 5.7 47.3 0.8 0.5 [22]

Wood pellet - 17.1 - - 0.2 49 6.5 44 0.1 0.05

Oak acorn 11.9 17.8 75.4 20.6 2.6 41.8 6.8 50.2 0.8 0.2 [22]

Sugar pine - - 86.3 13.4 0.3 52.2 6.1 41.1 0.2 0.07 [23]

Radiala Pine - - 87.5 12.2 0.3 50.1 6 43 0.2 0.08 [23]

Bark - 16.2 76 - 7 50.5 6.1 43.2 0.4 0.1 [25]

Pine sawdust 8 20.2 81 18.5 0.5 51.2 5.5 42.2 0.1 0.23 [21]

Grass 6.7 14.6 72 - 38 39.6 5.6 52.7 1.7 0.3 [22]

Maize 11.1 16.4 78.9 19.0 2.1 40.9 6.9 50.7 1.1 0.2 [22]

Wheat 10.3 16.3 80 17.2 2.8 49.2 6.6 47.9 0.2 0.3 [22]

Straw - 18.2 81.3 - 6.6 49 6 44 0.8 0.2 [25]

Organic
domestic waste

54 8.3 - - 18.9 51.9 6.7 38.7 2.2 0.5 [24]

Sludge 20 9.9 - - 37.5 52.5 7.2 30.3 7 2.7 [24]

Rape oil - 35.8 100 - 0 77 12 10.9 0.1 0 [25]

Peat - 19 74.2 - 2.7 52.6 5.8 40.6 0.4 0.1 [25]

Bituminous coal - 31.8 34.7 - 8.3 82.4 5.1 10.3 1.4 0.8 [25]
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Regarding the oxidizing agent used in the gasifier, air has the advantage of being very
cheap, but the syngas produced is diluted with a high amount of nitrogen, which increases
the downstream equipment size and has a negative influence on FT synthesis with respect to
the C5þ selectivity. In contrast, when using oxygen as gasification agent, the syngas is not di-
luted with N2, but in this case, oxygen is more expensive and an air separation plant is nec-
essary, which increases the cost of the plant [16]. Steam is easily produced and increases the
hydrogen content in the syngas [15], so it can be considered the optimal gasifying agent as it
eliminates all the drawbacks of air and oxygen.

In the case of pressure, atmospheric gasifiers have positive aspects of lower cost, and com-
mercial experience with air-blown systems, and indirect gasifiers, while the pressurized gas-
ifiers involve higher costs, smaller volume, biomass feeding problems, high risk in keeping
the mass flow constant in the gasifiers, and limited experience. But at the same time, the pres-
surized downstream system is smaller andmore economical at large scales, and increases the
heat transfer in the bed, as well as the efficiency of the gas phase reaction and of tar reforming.
The main advantage of pressurized gasification is that the syngas produced requires little or
no compression [15].

The different types of gasifiers with respect to the fluid dynamics are given in Figure 12-5.
For synthesis gas applications from biomass, mainly fluidized-bed and entrained-flow

systems are used. Fixed-bed systems are used only for small-scale air gasification in the area
of biomass conversion, as opposed to coal conversion. Four distinct processes occur in the
gasifiers as the biomass is converted: drying; pyrolysis, where the tars and volatiles are driven
off; reduction; and combustion [27]. The major reactions that take place in combustion and
reduction are

• Combustion

CþO2 ! CO2 (12-2)

2H2 þO2 ! 2H2O (12-3)

Fixed bed gasifier

Counter flow-
gasifier

Fuel 

Gasification agent

Product gas

Co-current flow -
gasifier

Fuel in fixed bed

Fluidized bed gasifier

Stationary
fluidized bed

Fuel and bed material in fluidized bed

Circulating
fluidized bed

Circulating fuel and bed material

Entrained-flow
gasifier

FIGURE 12-5 Principles of gasifiers.
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• Gasification
Cþ CO2 ! 2CO (12-4)

CþH2O ! COþH2 (12-5)

COþH2O $ CO2 þH2 (12-6)

Cþ 2H2 ! CH4 (12-7)

Autothermal gasification (direct gasification)means that the gasification agent oxidizes the
fuel inside the gasification reactor directly, providing heat for the process.

Indirect gasification, also named allothermal, employs an external source of energy for the
gasification heat. Dual fluidized-bed reactors (DFBRs) are typical examples of indirect gas-
ifiers, where steam is the indirect gasification agent [15]. The concept of the DFBR developed
by several researchers [15,16,26] is presented in Figure 12-6.

Many different types of biomass gasifiers have been developed in pilot or demonstration
plants in Europe and the United States. In Figure 12-7 and Table 12-2, some projects in Europe
are listed that use different types of biomass as feedstock and different types of gasifiers, and
the various uses of syngas for biofuel production (FT diesel, methanol, methane,
dimethylether (DME)) [20].

In Güssing, Austria, the FICFB (fast internal circulating fluidized bed) process was devel-
oped by the Technical University of Vienna and installed in an 8 MW demonstration plant.
The combined heat and power (CHP) plant had put in (in 2011) more than 7000 h of operation
achieving a maximum total efficiency of 81.3% [30]. A detailed flowsheet of the plant [31]
can be seen in Figure 12-8. The plant uses the FICFB system, which produces syngas with
a low content of N2 (below 3 vol%) and a high concentration of H2 (35-45 vol%). The syngas
produced in the FICFB is first cooled down from 850-900 to 150-180 �C and then cleaned
in two stages: first, a fabric filter is used to remove the particles, and then, a scrubber (with
rapeseed methyl ester (RME) solvent) is used to retain the organic compounds, tars, BTX
(benzene, toluene, xylene), naphthalene, inorganic compounds (H2S, NH3, HCN, etc.). After
cleaning, the syngas is used either in a gas engine to produce heat and electricity, or in a
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laboratory FT plant and a demonstration BioSNG plant. The flue gas is cooled, cleaned of ash,
and released into the atmosphere via a chimney.

In Germany, three projects are in development for forest and farm residue gasification:

• The Institute ZSW in collaboration with Baden-Württemberg local utility (EVF) is
developing an LT-FICFB system to produce BioSNG.

• Karlsruhe Institute (FZK), together with Lurgi, is promoting the high-temperature
entrained-flow technology for gasification of biomass with oxygen under high pressure
and temperature.

• A similar technology was also developed by Choren Company, together with Daimler,
VW, and Shell (Carbo-V technology), to produce FT diesel.

In Sweden, an FICFB system is planned by Goteborg Energy in alliance with Repotec and
MetsoPower to demonstrate the first semicommercial 20 MW BioSNG plant [20]. Another

Chemrec/Volvo/Preem
HT-EF

Göteborg
Energy/Repotec/Chalmers

LT-FICFB

FZK/Lurgi
HT-EF

ZSW/EVF
LT-FICFB

Värnamo
LT-FB

FT-wax

UPM/Andritz Carbona
LT-FB

FT-diesel

Stora Enso/Foster Wheeler
LT-FB

FT-diesel

Choren/Shell/Daimler/VW
HT-EF

FT-diesel

Repotec Güssing
LT-FICFB
FT-diesel

FIGURE 12-7 Biomass gasification plants for biofuel production.
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TABLE 12-2 Projects Developed in EU—Cost and Time Estimation [20]

Pilot Demo Commercial

Plant Year

Size

(MW)

Cost

(M€) Year

Size

(MW)

Cost

(M€) Year

Size

(Mtoe)

Cost

(M€)

Repotec
Güssing

1995 0.1 2002 8 10 2015< 0.07 150

ZSW/EVF 2002 8 2.4 2010 10 18 2015< 0.07 150

FZK/Lurgi 2005 0.1 2008 5 4 2015< 0.2 900

Choren 1998 1 2008 45 100 2015< 0.2 800

Väranamo 18 45 2015< 0.2 400

Chemrec 2005 5 7 2010 5 28 2015< 0.2 400

Goteborg 2008 6 1.1 2008 6 1.1 2015< 0.07 150

Stora Enso 2009 12/5 40 2015< 0.2 500

UPM/Carbona 2005 6 10 2015< 0.2 500
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demonstration plant was built in Värnamo, with pressurized CFB gasification technology.
Chemrec has developed entrained-flow technology for black liquor gasification to produce
DME or methanol.

Two other projects are running in Finland: first, a collaboration between VTT, Neste Oil,
and Stora Enso (pulp and paper industry), and another between UPM andAndritz/Carbona.
Both projects have integrated a fluidized-bed gasifier system to transform forest residues into
FT liquids [20].

Other small projects promoting biomass gasification technologies include the Milena gas-
ifier from ECN, The Netherlands, and in Vermont, USA [15], the Institute of Gas Technology,
and Batelle Columbus Laboratory, USA [12,25,29]. In Table 12-3 are summarized all the
projects discussed, with their characteristic parameters for gasification.

12.3.2 Syngas Composition: Impurities

As was shown earlier, the composition of the syngas depends on the gasification technol-
ogy adopted, the oxidizing agent, and the feedstock. There is an important difference between
the syngas composition obtained from biomass and that from natural gas. A GtL plant in-
cludes the conversion of natural gas to synthesis gas through steam reforming, dry reforming,
partial oxidation (POX), or oxidative steam reforming (autothermal reforming (ATR)) [35].
POX produces syngas with an H2/CO ratio less than 2 with little CO2, CH4, and N2, while
for ATR, the H2/CO ratio is higher (>2) with, however, more CO2 and CH4. The given nom-
inal syngas composition could be modified to satisfy the FT requirements by changing the
pressure, temperature, and percent of CO2 present [36]. ATR is one of the most suitable pro-
cesses for natural conversion to syngaswith anH2/CO ratio of almost 2, which is necessary in
the FT synthesis. In ATR, the main reactions are methane reforming with steam, POX, and
water-gas shift (WGS) reaction [35,37]:

CH4 þH2O ! COþ 2H2O; DHR ¼ 206kJ=mol (12-8)

CH4 þ 3

2
O2 ! COþ 2H2O; DHR ¼ �520kJ=mol (12-9)

COþH2O ! CO2þH2; DHR ¼ �41kJ=mol (12-10)

In the case of biomass gasification, the composition of the synthesis gas produced can vary
over a wide range, with H2/CO values between 0.45 and 2, or even higher, due to the WGS
reaction. It was shown that syngas derived from biomass has a lower H2/CO ratio than that
obtained from natural gas and that it contains contaminants—H2S, COS, NH3, tars, dust, and
alkali [19]. The H2/CO ratio depends on the following:

• type of gasification agent used and gasification agent/biomass ratio—the higher the
steam/biomass ratio, the higher the steam partial pressure, increase of WGS reaction, and
shift toward H2 production. Thus the H2/CO ratio is increased [15];

• temperature of gasification—a higher temperature means more endothermic gasification
reactions and thus the increase of the concentration of H2 and CO [15];

• principle of gasifier—pressurized or atmospheric, direct or indirect heated, fluidised bed
or entrained flow
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TABLE 12-3 Characteristics Parameters of Biomass Gasification Projects Developed Across the World

Repotec

Güssing

Choren

Freiberg

[32]

Cutec

[33]

Goteborg

Energy Vermont Milena MIUN IGT BCL

Westinghouse

[34]

Technology BFB Carbo-V
EF

CFB BFB CFB CFB CFB BFB Direct,
oxygen-
blown

Indirect,
air-
blown

Plasma
PGVR

Bed material Olivine - - Sand Sand Sand Sand Sand - - -

Feedstock Biomass
chips

Wood
chips

Chips Wood
pellets

- Wood
chips

Wood
pellets

Wood
pellets

Poplar
wood

Poplar
wood

Gasification
temperature
(�C)

900 1200
1500

950 812 850 850 800 982 863 1500-5500

Pressure (bar) atm. 5 atm. atm. atm. atm. atm. atm. 34 atm. atm.

Composition (%)

H2 35-45 37.2 31.6 25.1 15 21.4 18-20 46 20.8 16.7 15.8

CO 20-30 36.4 22 33.1 50 39.3 37-39 35 15 37.1 40

CO2 15-25 18.9 33.6 14.8 10 13.9 11-13 10 23.9 8.9 3.5

CH4 8-12 0.06 - 11.8 15 12.8 14 11 8.2 12.6 -

N2 1-3 0.1 3 9.3 - - - 4 0.4 0 -

Tar content
(g/m3)

1.5-4.5 - 9.5 7.8 - 32 40 10-46 - - -
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• type of catalyst used in FT synthesis—an Fe-based catalyst has higher WGS activity than a
Co-based catalyst and increases the H2/CO ratio [19].

The influence of syngas composition in the FT reaction was investigated by several
researchers [19,38–40], and the following observations were made:

• H2/CO ratio has a significant impact on CO conversion, C5þ selectivity, product
distribution, and chain growth probability;

• a low inlet H2/CO ratio leads to selectivity to longer hydrocarbons (increase of C5þ
selectivity) and a drop in the hydrocarbon formation rate due to the decrease in
productivity of the catalyst;

• reduction of the hydrogen in the feed leads to a lower selectivity to CH4, but an increase in
the olefin/paraffin ratio;

• CO conversion increases at high H2/CO.

12.3.3 Syngas Pretreatment

As was shown earlier, the synthesis gas produced from biomass contains several undesir-
able components such as NH3, HCN, H2S, COS, HCl, particulates, and tars. In Table 12-4, the
impurities of the syngas and their specific cleaning stages to achieve the requirements for FT
synthesis are listed [15,16]. As can be seen, there are two ways to clean the synthesis gas:

• wet cold gas cleaning, which is the conventional method;
• dry hot gas cleaning.

Wet cold gas cleaning or conventional gas cleaning has been proven and applied success-
fully in industrial FT installations. Themain disadvantages are the production of liquidwaste
sludge (difficult to dispose) and the loss of thermal efficiency due to the reduction of temper-
ature at near ambient conditions [15,28,41]. Conventionally, the technology consists in syngas
cooling, low-temperature filtration, and scrubbing with different solvents at temperatures
between �50 and þ100 �C [29]. The flowsheet of wet cold gas cleaning is presented in
Figure 12-9. The first step in syngas cleaning is tar removal. Tars represent all the organic com-
pounds with medium to high molecular weight condensing under ambient conditions
[15,29]. There are undesirable components that block the filters and valves, initiate metallic
corrosion, and deactivate the FT catalyst. Therefore, their complete removal is required
(Table 12-4). The concentrations of tars can be reduced in wet cold gas cleaning starting inside
the gasifier, by using high-temperature operation, increasing the residence time of the gas,
and adding catalytic materials with high activity for cracking (dolomite, olivine, iron ore,
or nickel- or ruthenium-based catalysts). Another step in tar removal is the cyclone separation
of the solids and aerosol from the gas. The main drawback of this step is the agglomeration of
tars with particulates, which deposit on the cyclone surface [15]. After the separation of tars
and particulates, the gas has to be cooled down before using a bag filter for the removal of
particulates and alkali. Inorganic sulfur, nitrogen, and chlorine compounds are removedwith
scrubbers and different solvents (NaOH, H2SO4, Rectisol, Selexol, methyldiethanolamine).
Finally, because the FT catalyst, especially Co-based, is very sensitive to sulfur compounds,
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TABLE 12-4 Gas Cleaning Stages for Syngas Contaminants [15,16]

Contaminant

Poplar

wood

(%)]

FT cleaning

requirements

(ppb)

Cleaning

efficiency

required (%)

Cleaning step

Wet cold Dry hot

Particulate 1.33 0 >99.9 - Cyclone
- Bag filter
- Scrubber

- Granular bed
- Metallic filter
- Ceramic candle
filter
- Cyclone

HCNþNH3 0.47 20 >99.9 - Scrubber (H2SO4)
- Chemical and physical acid
removal (Rectisol, Selexol, MDEA)

- ZnO, CuO
guard bed

H2SþCOS 0.01 10 >99.9 - Scrubber
- ZnO, CuO guard bed
-Activated charcoal
- COS hydrolyzation

- Safeguard filter
- ZnO, CuO
guard bed
- Sorption bed of
a-Fe

Alkali 0.1 10 >99.9 - Condensation on particulates by
cooling down

- Adsorption and
chemisorption

HCl 0.1 10 >99.9 - Absorption by dolomite (in tar
cracking)
- Bag filter (reaction with
particulates)
- Scrubber (NaOH)

- Dry fly ash

Tars - 0 >99.9 - Scrubber (organic oil—RME) - Catalytic,
thermal
reforming

Tar
cracker

Raw gas Cyclone
separator

Gas
cooling

Bag
filter

COS
hydrolyzation

Scrubber
(H2O+NaOH)

Scrubber
(H2SO4)

ZnO
guard bed

Clean gas

Steam

FIGURE 12-9 Wet cold gas cleaning scheme.
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catalytic guard beds (ZnO, CuO, and activated char) are used to get the concentration of con-
taminants below 10 ppb.

A wet cold gas cleaning technology is applied in the FT pilot plant in Güssing
(Figure 12-10), which operates with a slurry reactor (volume 20 l) and a Co-based catalyst
at the following operating conditions: temperature 230 �C; pressure 20 bar; and gas flow
5 Nm3/h [30,31]. The synthesis gas received from the CHP plant is dried and cleaned of naph-
thalene and BTXwith an RME scrubber. Sulfur components are removed below 5 ppbwith an
activated charcoal reactor at ambient temperature and pressurized fixed-bed reactors with
ZnO and CuO adsorbers at a temperature between 70 and 250 �C and pressure 15-25 bar.

Dry hot gas cleaning (Figure 12-11) can be a more efficient technology because of the ad-
vantages on the overall energy balance (when using a reformer or shift reactor that requires
high inlet temperature) and lower operation costs [29]. However, if the gasifier is operating
at lower pressure, the benefits of hot gas cleaning are less because the syngas has to be cooled
for compression to FT pressure. Other disadvantages are that dry hot cleaning has not been
commercially applied yet, being still in the experimental phase. There is also uncertainty re-
garding the achievement of the standard purification requirements for FT synthesis [20].
In the case of tars, the dry hot steps are efficient:

• thermal and catalytic reforming inside the gasifiers using a temperature around 1000-
1300 �C and catalytic bed materials [41];

• monolith reactors—ceramic blocks with active materials (Ni-based catalyst) on a
honeycomb structure [15];

• catalytic filters—with an integrated fixed bed of Ni-based catalyst grains for tar cracking as
well as particulate separation [15,28].

Activated
charcoal

Syngas

O
ff

ga
s

RME
scrubber

Diaphragm
pump

Compressor Copper
oxide 1 FT slurry

reactor
Fluid

separator

Off-gas
scrubber

Heavy
products

(wax)

Light
products

Puffer Zinc oxide
Copper
oxide 2 Off-gas

condenser

FIGURE 12-10 Flowsheet of the Fischer-Tropsch plant, Güssing, Austria.

Tar
cracker

Raw gas Granular
beds

Candle
filters

Alkali
removal

Halogen
absorption

ZnO
guard bed

Clean gas

FIGURE 12-11 Dry hot gas cleaning process.
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Alkali can be removed by adsorption or chemisorption at 750-900 �C, but there are some
components such as lead or zinc that cannot be removed at these temperatures [29]. Also, in
the case of halogen, sulfur, and nitrogen components, the existing dry hot cleaning steps may
not be enough for the required removal. Further research has to be conducted to improve the
high-temperature cleaning technologies.

12.4 THERMODYNAMIC AND KINETIC
CONSIDERATIONS OF FT SYNTHESIS

FT synthesis produces both saturated and unsaturated hydrocarbons based on
Equation 12-1, which is a highly exothermic polymerization reactionwith a negative enthalpy
DH300K of 165 kJ/mol [35,42,43]. Other possible reactions [35] include

2COþH2 ! �CH2�ð Þ þ CO2; DH300K ¼ �204kJ=mol (12-11)

3COþH2 ! �CH2�ð Þ þ 2CO2; DH300K ¼ �244:5kJ=mol (12-12)

CO2 þH2 ! �CH2�ð ÞþH2O; DH300K ¼ �125:2kJ=mol (12-13)

COþH2O ! H2 þ CO2; DH300K ¼ �39:8kJ=mol (12-14)

The desired products (paraffin, olefin, alcohols) as well as undesired ones (aldehydes,
ketones, esters, acids, carbon) can be formed during FT synthesis [42,44,45]:

Alkanes : nCOþ 2nþ 1ð ÞH2 ! CnH2nþ2 þ nH2O (12-15)

Alkenes : nCOþ 2nH2 ! CnH2n þ nH2O (12-16)

Alcohols : nCOþ 2nH2 ! CnH2nþ2Oþ n� 1ð ÞH2O (12-17)

Aldehydes; ketones : nCOþ 2n� 1ð ÞH2 ! CnH2nOþ n� 1ð ÞH2O (12-18)

Carboxylic acids : nCOþ 2n� 2ð ÞH2 ! CnH2nO2 þ n� 2ð ÞH2O (12-19)

As can be seen, the main FT reactions are highly exothermic and hence the necessity for
cooling the FT reactor to secure stable reaction conditions [35]. A more detailed FTS reaction
mechanism (with the related kinetic rate equation) to describe the CO dissociation and the
addition of H2 and C involves the carbide theory (for CO conversion) and alkyl mechanism
(for chain growth process), where * represents an active site [17,18,46,47]:

H2 þ 2� ! 2H�

rH2 ¼ kH2 �pH2 �y2�y�1
H�

(12-20)

COþ� ! CO�

rM ¼ kM�pCO�y (12-21)
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CO�þ� ! C� þO� (12-22)

C� þH� ! CH�þ� (12-23)

CH� þH� ! CH2
�þ� (12-24)

O� þH� ! OH�þ� (12-25)

HO� þH� ! H2Oþ 2� (12-26)

CH2
� þH� ! CH3

�þ�

rIN ¼ kIN�yCH2
�yH�

(12-27)

CH3
� þH� ! CH4 þ 2�

rCH4
¼ kCH4

�yCH3
� �yH�

(12-28)

CH3
� þ CH2

� ! CH2CH3
�þ�

rCH2CH3
¼ kCH2CH3

�yCH3
� �yCH2

�
(12-29)

Rn
� þ CH2

� ! Rnþ1
�þ�

rGn
¼ kG� �yRn

� �yCH2
� n : 1 ! NP� 1

(12-30)

Rn
� þH� ! Pn þ 2�

rPn
¼ kPn��yRn��yH� n : 2 ! NP

(12-31)

CH2CH3
� ! CH2CH2

� þH�

rCH2CH2
¼ r

!
O; 2� rCH2CH3�

������! ¼ kO; dx�yCH2CH3� � kCH2CH2��xCH2CH2��yH�
(12-32)

Rn� ! On
� þH�

rOn
¼ r

!
O; n� rRn�

��!¼ kO;dx�yRn� � kO;sx�xOn��yH� n : 3 ! NP
(12-33)

where pH2
; pCO are the partial pressures of H2 and CO, y is the fraction of free catalytic

sites, yi is the fraction of the catalytic sites occupied by species i, Rn is the generic linear-
growing adsorbed hydrocarbon species, Pn is the generic linear paraffin, On is the generic
linear a-olefin, xOn

is the molar fraction of the a-olefin n in the liquid phase surrounding
the catalyst pellets, ki is the kinetic constant of step i, and NP is the highest carbon number
that can be found in the products.

The mechanism involves H2 adsorption on two catalytic sites in the dissociated state
(Equation 12-20), CO adsorption in the molecular state (Equation 12-21), dissociation (Equa-
tion 12-22), and subsequent addition of H* to form methylene species and water (Equa-
tions 12-23–12-26). Based on the alkyl mechanism, the chains’ initiation and growth start
with the formation of methyl species (Equation 12-27) and subsequent insertion of CH2* in
the active site—alkyl species (Equations 12-28–12-30). Methane is considered to be formed
from a methyl species and a surface hydrogen atom (Equation 12-28). Termination of the
chain groups occurs by the interaction between the intermediate Rn and a surface hydrogen
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atom to form paraffin (Equation 12-31) or by b-hybrid elimination of an H* species to form
a-olefin (Equations 12-32 and 12-33). For each step, elementary rates have been assigned
and for the first two steps, process conditions have been determined, while the other steps
are assumed to be nonreversible and kinetically controlled [17,18]. The kinetic constant ki
can be described by the Arrhenius law [17,46]:

ki ¼ k0i exp � Ei

RT

� �
(12-34)

where k0i is the pre-exponential factor of each step, and Ei is the activation energy.
Based on the effect of partial pressure of reactants, several other kinetic models for

describing the FT rate of reaction have been proposed and reviewed by several researchers
[37,48–50]. In Table 12-5, different kinetic models of the FT synthesis found in the literature
are summarized.

The kinetic expressions described for the FT synthesis are in direct correlation with
the catalysts used: Co- or Fe-based catalysts. The constants a, b, and á are different and
have to be found for each catalyst. In case of an Fe-based catalyst, the partial pressures

TABLE 12-5 Summary of the FT Synthesis Kinetic Models

Model Catalyst Kinetic expression

Brotz [48,50] Co/MgO/ThO2/kieselguhr rFT ¼ ap2H2

pCO

Yates and Satterfield [35] Co/Al2O3 rFT ¼ apH2
pCO

1þ bpCOð Þ2

Anderson [48–50] Co/ThO2/kieselguhr rFT ¼ ap2H2
pCO

1þ bpCOp2H2

Yang [48] Co/CuO/Al2O3 rFT ¼ apH2
p�0:5
CO

Pannell [50] Co/La2O3/Al2O3 rFT ¼ ap0:55H2
p�0:33
CO

Wang [50] Co/Al2O3 rFT ¼ ap0:68H2
p�0:5
CO

Rautavuoma and van der Bann [51] Co/Al2O3 rFT ¼ apH2
p0:5CO

1þ bp0:5CO

� �2

Sarup and Wojchiechowsky [48–50] Co/kieselguhr rFT ¼ ap0:5H2
pCO

1þ bpCO þ cp0:5H2

� �2

rFT ¼ ap0:5H2
p0:5CO

1þ bp0:5CO þ cp0:5H2

� �2

Prins [37] Co/Al2O3 rFT ¼ apH2
pCO

1� bpCOð Þ2

Ledakowicz [1] Fe-based catalyst rFT ¼ pH2
pCO

pCO þ �apH2O þ bpCO2
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for water and CO2 have to be taken into consideration because of the high WGS reaction
activity [48].

In terms of the product distribution of FT synthesis, the Anderson-Schulz-Flory (ASF)
model is described as a chain polymerization kinetic model with the addition of one carbon
on the chain, based on a constant chain growth probability [18,35,37,52,53]:

Mn ¼ 1� að Þan�1 (12-35)

where Mn is the mole fraction of the product with carbon number n, and a is the chain
growth probability.

With the logarithmic form of Equation 12-37, it is possible to plot the product mole fraction
and to calculate the a value from the slope of the plot.

lnMn ¼ n lnaþ ln
1� a
a

� �
(12-36)

According to this equation, the plot of lnMn versus the carbon number n should give
a straight line [54]. But in practice, deviation from the “ideal” ASF model has always
been observed. An example of the product distribution with two distinct slopes can be
seen in Figure 12-12 [55]. Based on these observations, a modified ASF model has been
proposed that uses two chain growth probabilities for the total product distribution
[52–55]:

Mn ¼ Aan�1
1 þ Ban�1

2 (12-37)

lnMn ¼ ln Aan�1
1 þ Ban�1

2

� 	
(12-38)
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FIGURE 12-12 ASF plot for a potassium-promoted iron
catalyst.
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At the break point of the ASF diagram, the contributions of the two terms from Equa-
tion 12-39 are equal:

Aan�1
1 ¼ Ban�1

1 (12-39)

where n¼x, and x is the break point.
Therefore, we have

B ¼ A
a1
a2

� �n�1

(12-40)

The sum of the mole fraction is unity:

X1
n¼1

Mn ¼
X1
n¼1

Aan�1
1 þ Ban�1

2

� 	 ¼ 1 (12-41)

As was demonstrated, methane and ethane do not obey the ASF model. It seems that the
quantity of methane is more than that predicted, especially on the Co-based catalyst, which
favors the methanation reaction. In case of ethane and even propane, there is much less con-
centration than predicted, due to the secondary reaction of olefins to incorporate into the
polymer by initiating a new chain [54]. Because of this, C1 and C2 can be removed from
the ASF equation, leading to Equation 42:

X1
n¼1

Mn ¼
X1
n¼1

Aan�1
1 þ Ban�1

2

� 	� A 1þ a1ð Þ � B 1þ a2ð Þ ¼ 1�M
exp
1 �M

exp
2 (12-42)

Different authors have reported deviations from the ASF model even outside the C1-C5

product range [54]. These deviations can be explained by

• the impossibility to maintain the parameters and conditions of the FT synthesis: namely,
temperature, H2/CO ratio, pressure, and partial pressure of the reactants;

• the secondary reactions on the catalyst surface, especially in the case of olefins;
• the evaporation of light FT products during the reaction and the difficulty in their

condensation;
• the errors due to the quantitative analysis of the products.

12.5 DIFFERENT KINDS OF CATALYSTS

12.5.1 Choice of the Metal

The products of an FT synthesis could be varied to some extent by the conditions of the
reaction or by the system carrying out the reaction. However, the real key to obtaining good
selectivity toward a given family of products and activity is the catalyst composition. All el-
ements of group VIII (in metallic form) that are able to chemisorb CO dissociatively (into C
andO) andH2 have a noticeable activity [56], but only four (Ru, Co, Fe, andNi) have sufficient
activity for commercial application [11,57]. In fact, only two (Co, Fe) are of industrial interest
for FT synthesis as main metals in the catalyst formulation. Early works on unsupported
metals gave the following specific activity: Fe>Co>Ni>Rh>Ru [58]. However, it has been
demonstrated that activity changes with the nature of the support: Ru>Fe>Ni>Co>Rh on
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alumina [59] and Co>Fe>Ru>Ni>Rh on silica [60]. Even though ruthenium is one of the
most active, at least on alumina, its price (about, respectively, 50,000 and 500 times more
expensive than iron and cobalt) and scarcity limit its use as promoters [11]. Nickel is also very
active, but its hydrogenation power is too high compared to its growing chain power and it
leads to the undesired formation of large amounts of methane together with low olefin for-
mation [61]. Selectivity to methane decreases following the sequence Ni>Rh>Co>Fe [62],
while olefin selectivity is the most important for iron catalysts (Fe>Co>Ni) [62]. Iron cata-
lysts also oxygenate compounds as by-products (alcohols, ketones), which is a consequence of
the presence of stable Fe3O4 (magnetite) during the synthesis.

Taking into account the classification of activity on unsupported metals [58], iron catalysts
were initially tried but then abandoned because of the low liquid hydrocarbon yields and
short catalyst life. However, after the discovery that use of pressure (15 atm.) increased the
catalyst life by several times and doubled its yield [63], iron catalysts have begun to receive
a great deal of attention particularly in Germany and then in South Africa. From one formu-
lation to another, the ratio between iron and other elements changes, but most of the iron cat-
alysts contain copper, potassium oxide, and silica, specifically referring to Ruhrchemie
patents. A typical composition is the following: 100 Fe, 5 Cu, 5 K2O, 23 SiO2 [63–65]. Much
information on iron catalysts can be found in reviews [66,67]. For the production of gasoline
and a-olefins, iron catalysts are the best option when operating at high temperatures of about
350 �C (HTFT). For the production of diesel fuel or waxes (220 �C, LTFT process) with very
little alcohol and methane formation, cobalt catalysts are more active than their iron counter-
parts (2-3 times). In the first formulations, cobalt was deposited on kieselguhr or bentonite,
and catalysts promoted by thorium or magnesium oxides [68,69]. The technology with cobalt
catalysts has been developedmainly in the last 30 years and now cobalt catalysts present high
stability, high conversion per pass, good aging, and high productivity. Cobalt certainly rep-
resents the optimal choice for long-chain hydrocarbon synthesis in the LTFT process [70].

Differences other than the optimal temperature of operations exist between Co and Fe cat-
alysts. The requiredH2/CO ratio (about 2 for Co; 0.5-2.5 for Fe) could be an advantage for iron if
gases coming frombiomass or coal gasification are used [57,70]. TheWGS reaction is significant
with iron catalysts, but the operation conditions need to satisfy both FT andWGS requirements.
With cobalt, theH2/CO ratio has to be controlled externally by a separate reactor. From amech-
anistic point of view, it is generally admitted that the O coming from CO dissociation is elim-
inated on Co as water by reaction with hydrogen, while with iron it is eliminated as CO2 by
reaction with carbon monoxide. This explains the difference in the optimal H2/CO ratio be-
tween the twometals. As soon as surface carbon is formed, it can react with both iron and cobalt
to form carbides, but Fe carbides are more stable. Finally, catalysts are poisoned by sulfur com-
pounds (H2S or COS), but deactivation of iron is more severe than that of cobalt [67].

12.5.2 Methods of Preparation

The methods of preparation will directly impact the structure, texture, or morphology of
the catalyst. The final goals are as follows:

– obtaining the appropriate dispersion of the catalysts (size of metal particles),
– controlling the porosity of the support,
– favoring or disfavoring interactions between metal particles and the supports and/or

promoters.

41912.5 DIFFERENT KINDS OF CATALYSTS



The methods of preparation could also strongly influence the diffusion effects and the ag-
ing of the catalysts.

Numerous methods of preparation have been described in the literature. Incipient wet im-
pregnation (capillary impregnation) of a support by a solution of metal salts, where the spe-
cific area and porosity of the support are well known, is the most common method. The
solution of metal salt (often a nitrate dissolved in water) is contacted with a dry porous sup-
port. All pores of the support are filled, and the amount of solution is calculated to just fill the
porous volume of the support. This impregnation can be done with or without the interaction
between the metal precursor and support. The main point is the control of the pH of the salt
solution in accordance with the point of zero charge (PZC) of the support. Temperature and
concentration of the salt solution also play a role. Alumina, silica, or titania are commonly
used as support, but too high or too low pH can partly dissolve SiO2 and Al2O3, respectively,
and favor the formation of defined structures (silicalite, spinel) between the metallic oxide
and the support. It may be noted that SiO2, Al2O3, and TiO2 supports have been, developed,
respectively, by Shell, Sasol and Statoil, and Exxon [71]. As an example, in the case of cobalt,
for which impregnation is very common includingwith industrial catalysts, if the pH is lower
than 2 (the PZC of SiO2), the surface of silica will be positively charged and the Co2þ ions
poorly dispersed. In the range 2�pH�5, adsorption of Co2þ ions is favored on the negatively
charged surface and the dispersion improves. If the pH>5, Co2þ ions react with silica to form
cobalt silicate, which is inactive in FT synthesis [72]. A wet impregnation (large excess of liq-
uid compared to the pore volume) forming a slurry, with slow evaporation of the excess liq-
uid at moderate temperature and under stirring, is also used [73].

Coprecipitation has been better developed for iron than for cobalt for the metallic precur-
sor alone or for supports such as Mn-Al, Zn-Al, or Zr oxides [74]. Coprecipitation is obtained
when the solubility of the salt precursors is abruptly modified by the addition of an alkali
carbonate (Na, K), hydroxide (Na, K), or ammonia (pH change). However, to coprecipitate
two ormore components at the same time, the products of the solubility of all the components
need to be similar. The nature of the precipitating agent, the startingmetallic salt, the addition
conditions, and the temperature and time of precipitation [75] are the main parameters for
controlling the size of the precursors of metallic particles and for the formation of defined
compounds between metallic oxides and support. Because of these constraints, precipitation
is largely developed for iron but less for cobalt catalysts.

The sol-gel method has been developed to prepare metal/SiO2 catalysts with
tetraethoxysilane as the SiO2 precursor. Pore size modifiers such as polyalcohols are often
used. The final goal is the formation of a uniform distribution of metal particles (generally
of a smaller size than with other methods) as well as the control of porosity and surface area
[76,77]. The main drawbacks lie in the difficulties to reduce the metal precursor due to the
possible occlusion of the metal into the silica and metal silicalite formation as well as the high
cost and the scale-up of the preparation. Finally, other preparation methods such as colloids
and microemulsions have been described in detail in the literature [70].

For all themethods, andmore specifically for cobalt catalysts, an optimal size of cobalt par-
ticles is needed. The effect of themetal particle size has been amply demonstrated. Iglesia et al.
[78–80] showed that, for large cobalt metal particles, the reaction rate is proportional to the
number of cobalt surface sites (cobalt/alumina, silica, titania supported catalysts), and
Bezemer et al. [81] proved that the turnover frequency was almost independent of cobalt
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particle sizes larger than 6-8 nm. For this range of particle size, the FT reaction corresponds to
a structure-insensitive reaction. It has been demonstrated by thermodynamic calculations
that metal particles smaller than 4 nm could be reoxidized by water during the reaction.
Reoxidation of particles in real FT conditions is under debate and will be discussed later
in relation to the aging of the catalyst.

All thesemethods of preparation give, after calcinations and reduction, metal particles that
are well distributed at the surface of the grains. However, due to the exothermicity of the re-
action, studies have been devoted to the control of the metal concentration profile and to
avoid mass-transport restrictions. This is the reason why eggshell catalysts have been eval-
uated for FT fixed-bed reactors [82]. The preparation of eggshells is based on the impregna-
tion method, but requires a careful control of the properties of the solution of the starting salt
(competitive impregnation, use of solvent with high viscosity, or chelated metal complexes)
[82–84]. To overcome the pressure drop and diffusion limitations, a monolith (cordierite,
g-Al2O3, steel, SiC) impregnated by the metal precursor salt can be a solution [85,86].

After the preparations discussed earlier, a catalytic precursor is formed. A step including
decomposition of the precursor into ametallic oxide phase followed by a reduction intometal
is absolutely essential to have an active catalyst. Reduction depends on numerous parame-
ters. Among them are the nature of the starting metallic salt, the thermal pretreatment, the
reducing gases (H2, CO, syngas), the percentage of metal added, the support, and the pro-
moters. If reduction occurs with hydrogen, the dilution, flow, and the pressure of hydrogen
can change the percentage of the final reducibility.

12.5.3 Choice of the Supports

Supports not only play a role in the dispersion ofmetallic precursors but also act as a binder
or a spacer and induce interactions between the oxide precursors and supports. This exerts an
effect on the activity, selectivity, and aging. Themost common carriers are silica, alumina, and
titania, but recently, carbon and silicon carbide structures have been developed. Interactions
betweenmetal precursor and support are of prime importance to achieve a good dispersion of
the active particles and to modify the reducibility of the metallic oxide. Too strong metal-
support interaction should be avoided, as it will decrease the percentage of reduced metal
and, consequently, the catalytic performance. Too weak support interaction involves the
formation of larger metal particles and modifies the activity and selectivity (growing chain).
Acidity/basicity of the support modifies the selectivity; with a low acidity of the support
(SiO2, Al2O3), linear products are obtained, but if support is too acidic (zeolites), branched
alkanes or even aromatics are formed [87]. This is of interest for cobalt catalysts. For iron,
potassium oxide is often added as promoter and the said problem is overcome. It is relatively
difficult to distinguish between the effect of porosity and that of metal dispersion, the latter
beingmodified by the sizes of the pores. However, it has been demonstrated on Co/SiO2 that
the specific activity into methane decreases with the increase of pore diameter (4-20 nm) [88].
Same conclusions have been drawn on 2% Co/Al2O3 [89].

The link between activity and type of support is quite difficult to establish. On cobalt
(225 �C, 1 atm.), the specific activity is modified by the nature of the support:
Co/TiO2>Co/SiO2>�Co/Al2O3>Co/C>Co/MgO [90]. This has been attributed to a
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different reduction stage of the cobalt [91] under the operating conditions. This change of state
of reduction could be due to a partial reoxidation of Co� during the synthesis, which depends
on the size of themetal particles, or to an incomplete reduction after catalyst activation related
to the metal-support interactions. For the same kind of catalysts performing under pressure
(5 bars, 200 �C), neither the specific activity nor the methane or C5þ selectivity is affected by
the nature of the support [91].

12.5.4 Choice of the Promoters

Both iron and cobalt catalysts could be promoted by transition metals or by oxides. For
cobalt, numerous metals such as Ru, Pt, Pd, and Re have been introduced during the prep-
aration phase (impregnation) [70]. All the addedmetals (except Re) are easily reducible at low
temperature (below the reduction temperature of the cobalt oxide Co3O4) [92,93]. The effect of
Re oxide promotion on the reducibility of cobalt is generally less significant than with Ru, Pt,
or Pd oxides. The temperature of Re oxide reduction occurs above the first step of Co3O4 re-
duction (CoO formation), and it was suggested that the presence of Re affected only the sec-
ond reduction step (reduction of CoO to Co metal) [63]. Easy reducibility of the second metal
favors chemisorptions of hydrogen at lower temperature than with cobalt alone and conse-
quently their addition permits the decrease of the temperature of reduction and the increase
of the reduction percentage of the cobalt oxide. Additionally, Pt and Pd could form an alloy or
bimetallic particles with cobalt [94,95]. Other effects have been described: the change in cobalt
dispersion (Pt, Pd) prevents catalyst deactivation, promotes activity, or modifies selectivity
by the higher production of CH4 (Ru). For iron catalysts, Cu is, historically, the added metal.
It promotes the reduction of the iron oxides but also enhances the WGS reaction [96].

Promotion by oxides has also been largely used. On iron catalysts, addition of K2O in-
creases the basicity of the catalyst as well as CO and CO2 adsorption. This increases both
the growing chain and activity [57], but it also favors the WGS reaction. The WGS reaction,
however, is suppressed by the addition of an alkali-earth element (Ca, Mg) [97]. Manganese
oxide increases both activity and chain propagation. However, if MnO reacts with iron or co-
balt oxides, a spinel structure is obtained and selectivity is directed to short-chain olefins
[98,99]. The effect of the oxide promoter changes with the nature of the support. On SiO2,
the benefit of ZrO2 addition is the prevention of the formation of cobalt silicate, the increase
in cobalt oxide reduction, and the modification of the ratio of the hexagonal/cubic cobalt
phase (hexagonal phase being the most active) [71]. Added to alumina, ZrO2 prevents
CoAl2O4 formation, and increases the hexagonal/cubic ratio and cobalt dispersion, but
decreases its reduction [100]. Rare-earth oxides (CeO2, La2O3) have often been used with es-
sentially two effects: the covering of the active phase with a decrease in the chemisorption
capacity, and the formation of new catalytic sites at the metal-promoter interface [101].
Reduced rare-earth oxides (CeO2) are potential sites for CO adsorption with an easier
CdO bond breaking [102]. At atmospheric pressure, on rare-earth-promoted Co/C catalysts,
H2 and CO adsorption is drastically reduced, but activity spectacularly enhanced (�100),
with a better growing chain, olefin formation, and methane decrease [101,103]. Same conclu-
sions have been drawn with promotion by V2O5 and MgO [104]. Such promotion has been
attributed to localized interaction between promoters and the adsorbed species [48,105].
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12.6 FT REACTORS

In conventional FT processes, four types of reactors are used:

• fixed-bed multitubular reactors
• fluidized-bed reactors
• slurry-bed reactors
• microchannel reactors.

Figure 12-13 illustrates schematically the principles of the four reactors [106]. The type of
the reactor chosen to operate in the FT plant influences the parameters of the FT synthesis, the
product distribution with chain growth probability, product selectivity, catalyst activity, and
CO conversion [107,108].

12.6.1 Fixed-Bed Multitubular Reactor

Fixed-bed reactors are the oldest reactors installed and operated at commercial scale before
and after SecondWorldWar in Germany. At the beginning, the catalyst was packed in a rect-
angular box, with cooling plates with water-cooled tubes being installed in the bed in order to
remove the heat [109]. Afterward, the reactors were further developed, resulting in the
multitubular fixed-bed reactor. This type of reactor was installed at the SASOL plant, South
Africa in 1955, and was named Arge reactor (Figure 12-14). The reactor design comprised a

Gas phase

Liquid phase

Catalyst

A B C D

FIGURE 12-13 The principle of the Fischer-Tropsch reactors. (A) Fixed-bed reactor. (B) Slurry reactor. (C)
Microchannel reactor. (D) fluidized reactor.
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shell containing 2050 tubes packed with an iron-based catalyst, and was 12 m high and 0.5 m
in diameter. Heat removal from the FT synthesis was realized using steam on the shell side of
the reactor. The normal operating conditions of the Arge reactor were as follows: temperature
220 �C, pressure 25 bar (for the reactor commissioned in 1955) and 45 bar (for the one commis-
sioned in 1987, producing, respectively, 600 and 900 bbl/day/reactor [48]). Other similar re-
actors were designed and installed in the SMDS process at Bintulu Malaysia, in 1993, using a
Co-based catalyst and producing products at the rate of 3000 bbl/day with an a value of
around 0.9 and C5þ selectivity in the range of 85-95% [1,109]. SMDS process was also used
in Las Raffan, Qatar, in the Pearl GtL facility, using a Co-based catalyst to produce products
at 140,000 bbl/day [1].

Even though the fixed-bed multitubular reactors are robust and have high productivity,
they have certain disadvantages, such as the following:

• design complexity, which is difficult to scale-up [48];
• high pressure drop, and insufficient heat removal due to poor heat conductivity [48,108,109];
• low catalyst utilization;
• requirement for the catalyst particles to be very small, in order to reduce the pressure drop

and to facilitate the heat removal;
• filling of catalyst pores with heavy waxes due to diffusion limitation and capillary

condensation [106];
• need for periodical replacement of catalyst, which is cumbersome [48];
• high cost [109].

Steam heater

Steam collector

Tube bundle

Gas

Steam

Feed water

Inner shell

Gas

Wax

FIGURE 12-14 The Arge reactor.
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12.6.2 Fluidized-Bed Reactors

Fluidized-bed reactors have been designed and commercialized in order to overcome the
drawbacks and to improve the efficiency of fixed-bed reactors. This technology was devel-
oped only for the HTFT process because the FT synthesis has to occur entirely in the gas
phase. Commercial fluidized-bed reactors include the bubbling fluidized-bed reactor
(Figure 12-15B) and the CFB reactor (Figure 12-15A), both leading to similar product distri-
butions [44].

The advantages of a fluidized-bed reactor, in comparison with a fixed-bed reactor, are as
follows:

• superior heat transfer and temperature control during highly exothermic FT reactions
[51,109];

• the possibility of using smaller catalyst particles, thereby avoiding intraparticle diffusion,
which limits the reaction rate [109] and the pressure drop [51];

• better mixing of the catalyst particles due to fluidization and a higher gas-solid contact
efficiency [51];

• easy replacement of the catalyst in a shorter time and the possibility of loading fresh
catalyst during the run;

• high production capacity due to higher gas throughput [51].

However, the fluidized-bed reactor has some limitations too. It needs special equipment
(cyclones) for catalyst separation, which can have an effect on the cost efficiency. Also, while
using small catalyst particles, there is a high risk of attrition and of heavy product deposition

Gaseous products

Syngas

A B

Steam

Gaseous products

Cyclone

Steam

Syngas

FIGURE 12-15 Fluidized-bed reactors. (A) Circulating fluidized. (B) Fixed fluidized.
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on the catalyst, causing agglomeration and blockage of the fluidization [109]. Some important
issues are the more complicated design and operation, difficulty in scale-up, and, usually, the
necessity to develop scale-up strategies to predict gas hold-up, mass transfer between phases,
and dense-phase backmixing, in order to avoid commercial design errors [51,109]. An exam-
ple of these types of failures occurredwhen the pilot plant fluidized-bed reactor operated suc-
cessfully with a conversion of over 95%, but reached a maximum of only 70%, which is
uneconomical, when the technology was transposed to the industrial scale [110]. Hydrocol
built a commercial plant in Brownsville using a fluidized-bed reactor with a diameter of
4 m, a height of 18 m, and a capacity of 180,000 t/year. But because of the technical and eco-
nomic problems of the reactor, the plant was shut down in 1956 [109]. CFB reactors 2.3 m in
diameter, 46 m in height, and having a capacity of 1500 bpd were also developed by SASOL
during the 1980s. The technologywas then switched to fixed-bed fluidized reactors because of
their substantial reductions in scale—more compact for the same capacity, less energy re-
quired, and lower operating costs involved [109].

12.6.3 Slurry Reactors

Slurry reactors were developed to overcome the difficulties associated with the fixed-bed
multitubular reactors. The first slurry reactor was commissioned by SASOL in 1993, with a
diameter of 5 m and a height of 22 m (Figure 12-16) [48]. In 1990, at Exxon, LA, a 1.2 m diam-
eter, 21 m high slurry reactor with a production capacity of 200 bbl/day was developed [109].
Compared to the fixed-bed multitubular reactor, the slurry reactor is much easier to design
and much cheaper. Also, it has the advantage of fast heat removal and, because the slurry

Products

Slurry bed

Boiler feed
water

Wax

Steam

Gas distribuitor

Syngas in

FIGURE 12-16 SASOL slurry-bed reactor.
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phase is well mixed, the temperature inside the reactor is more constant (elimination of local
hot spots) [48,111]. In this way, much higher temperatures on average can be achieved with-
out the danger of sintering the catalyst. Increasing the slurry concentration will increase the
formation of large bubbles, thereby enhancing the reactor productivity [112]. Other important
advantages are the lowpressure drop, the large catalyst area, easy removal of the catalyst, and
lower catalyst consumption [16,48,113].

However, an important drawback of the slurry reactor is the separation of the catalyst from
the waxes [16,37,108,109,112,113]. The catalyst for the slurry reactor is more susceptible to at-
trition. Due to the continuous circulation, the whole catalyst is exposed to the sulfur poison-
ing, unlike the case of fixed-bed reactors inwhich the top section acts as a guard bed. Espinoza
et al. [114] showed that in a fix-bed reactor themechanism of deactivation occurs differently in
three regions of the reactor: In the top region, most of the catalyst particles are deactivated as a
result of the sulfur trapped; in the middle region, they are less deactivated; and in the bottom
region, almost no sulfur is found. Also, the scale-up of the reactor poses several problems due
to the complex hydrodynamics, and a costly demonstration stage is necessary.

12.6.4 Microchannel Reactors

Recent advancement in chemical reactor technology has opened up new opportunities for
FT synthesis in a new type of reactor—the microchannel reactor. These reactors consist of a
large number of parallel channels with diameters below 1 mm and with the catalyst on a thin
layer inside the channel walls. Even though, until now, no commercial FT plant has been
using the microchannel reactor, this design allows for isothermal operation even for highly
exothermic reactions [106,108,113] and improves mass and heat transfer, compared with con-
ventional fixed-bed reactors. Cao et al. [108] compared the energy transfer and reactions in
a microchannel and a conventional fixed-bed reactor, using a three-dimensional pseudo-
homogeneous model. They demonstrated that, under the same operating conditions, large
temperature gradients exist in the furnace-heated conventional fixed-bed reactor, while in
the microchannel reactor, the catalyst showed a uniform temperature profile due to a high
heat transfer coefficient between the bed andwall, large transfer surface area, and short trans-
fer distance in themicrochannel. Even at a GHSV of 60,000 h�1 and temperature of 230 �C, the
temperature gradient of the reactor remained in a narrow range. Also, the microchannel
reactor offers the best catalyst utilization and thus a high productivity.

It provides a promising route to the FT process and further research has to be conducted to
improve its efficiency on the large scale. The main challenges of this reactor type are the dif-
ficulty in changing the catalyst and the significant investment required (almost no scale-up
advantage regarding costs because for scaling up several microchannel reactors have to be
operated in parallel).

12.7 REACTION CONDITIONS AT THE LABORATORY
AND INDUSTRIAL SCALE

Catalysts play a crucial role in FT synthesis, with their preparation and reduction directly
influencing the activity, CO conversion, and product selectivity. There are different ways for
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the preparation and reduction of Fe- or Co-based catalysts. In the case of Fe-based catalysts,
the preparation is mainly done with the precipitation method in combination with a spray-
drying technique [48,111]. If the catalyst is used in a fixed-bed reactor, the preparation
consists in a precipitation of Fe(NO3)3 solution and different promoter nitrates by an alkaline
solution, and based on the precipitation temperature, rate of precipitation, concentration of
the solutions, and order of addition, the surface area and the pore structure can be controlled.
When the precipitation is complete, the precipitate is washed, filtered, and dried. The first
commercial Fe-based catalyst was used at Hydrocol, Brownsville, USA, for the HTFT process.
At typical operating conditions, temperature 305-345 �C and pressure 21-45 bar, the selectiv-
ity of the catalyst was for hydrocarbons in the naphtha range, with high concentrations of
olefins, oxygenates, and aromatics [45]. Fe-based catalysts were later implemented by SASOL
as well, not only for HTFT but also for LTFT in fixed-bed reactors. Significant attention has
been devoted in the research field to the average crystallite size of Fe-based catalysts and pro-
moters, which could improve the reduction temperature and thus the catalytic activity.
Van Steen and Claeys [115] pointed out that a typical Fe-based catalyst (ARGE catalyst) con-
tains several iron carbide phases and magnetite during FT operation conditions. The several
phases present within the catalyst determine the average crystallite size. It is considered that
the magnetite phase contains crystallites with sizes between 50 and 150 nm, while iron car-
bide species are much smaller (7-15 nm). This is due to the formation of magnetite species by
iron carbide oxidation. Large particles of magnetite are not desirable in FT synthesis because
of the breakage of the particles and their conversion back to the iron carbide species. At the
same time, the small particles of iron carbide can sinter as a result of the water formation
and become reoxidized, leading to the formation, again, of magnetite crystallites. All these
transformations in the catalyst composition and structure might have a negative influence
on the catalyst activity. Thus, promoters are often used in order to increase the catalytic
performances of Fe catalysts. Potassium, copper, ruthenium, palladium, or platinum is
used not only to enhance the activity of the catalyst but also to reduce the reduction tem-
perature and to prevent the collapse of the highly porous iron oxides by calcination and
reduction [115].

The same promoters are also used for Fe-based catalysts in slurry reactors. The precipitated
catalyst is spray-dried because a much finer particle size is required in the slurry reactor [48].
Zhang et al. [116] demonstrated that the addition of Cu and K to the precipitated Fe-Mn/SiO2

provided more surface base to the catalyst, a lower reduction temperature, an increase in the
reduction rate, and an accelerated activation of the catalyst.

Because of their ability to achieve high conversion, Co-based catalysts have become the
most used catalysts for LTFT synthesis. The first commercial catalyst based on Co, ThO2,
and kieselguhr was applied at Ruhrchemie and later at all the operation plants in Germany
[117]. The catalyst was prepared by dissolving Co, Th, and Mg metals in nitric acid, followed
by precipitation in the presence of soda and kieselguhr, filtration, drying, and crushing. The
reduction of the catalyst was conducted at 400 �C in the presence of H2. Co-based catalysts
have also been synthesized and reduced for LTFT at Shell, Exxon, and Chevron. In an attempt
to minimize the amount of metal used, because of its high price, Co-based catalysts have been
prepared by wet impregnation techniques on different supports (Al2O3, SiO2, TiO2, zeolites,
etc.). Also, to enhance the catalyst activity, different promoters (Ru, Re, Mo, Zr, Cr, La, alkali
metals, etc.) can be impregnated after Co, using several steps of impregnation, in order to
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achieve the desired composition. After impregnation, the catalyst is dried and calcined at a
high temperature. At Shell, the preferred support for Co-based catalyst has been silica
promoted with zirconium, titanium, or chromium. The typical preparation method was
impregnation, in order to achieve 2-60 pbw (parts per weight) of Co and 0.1-150 pbw of
Zr, Ti, Cr. Of all the promoters, Zr was found to improve most the catalytic performances
of the Co-based catalysts [71]. The catalysts patented by Exxon contained 5-25 wt% Co
dispersed on a TiO2 support by impregnation. As promoters, Re, Ru have been used in the
ratio Re/Co¼0.025:1. In the case of the catalysts patented by Chevron, the typical supports
used were g- and Z-Al2O3 or layered aluminosilicate impregnated with 1-50 wt% Co and Ru
as promoter in the concentration 0.05-5 wt% [71].

Other promoters that have been used are Pt and Ir. It has been demonstrated that for a high
degree of reduction and active sites, Co-based catalysts require the addition of promoters,
especially in the case of catalysts that are difficult to reduce, such as cobalt aluminates, cobalt
silicates, and cobalt titanates [115].

Different reduction steps are proposed in the literature for Fe- or Co-based catalysts, with a
gradual increase in temperature and in the partial pressure of H2 to minimize the negative
effect of water produced during the reduction on the catalyst surface. A summary of different
reduction parameters is presented in Table 12-6.

12.7.1 Operation Conditions

In commercial practice, there are two processes of the FT operation:

• LTFT (operation temperature 210-250 �C) developed in Germany in 1936 in the first FT
industrial plant, and later in the Shell (Bintulu Malaysia), SASOL, and Oryx GtL (Lass
Raffan, Qatar) plants;

• HTFT (operation temperature 310-340 �C) developed at the Cartage Hydrocol FT plant,
USA (operation: 305-345 �C, 21-45 bar, bubbling fluidized bed); the SASOL I plant, which
integrated HTFT (340 �C, 20 bar, CFB reactor) with LTFT (230 �C, 27 bar, bubbling
fluidized-bed reactor); and SASOL Secunda; PetroSA, Mossel Bay, South Africa [1].

LTFT is the preferred technology for the production of FT diesel and waxes, instead of
HTFT [122]. With the HTFT process, the products are shifted to light products (naphtha, al-
kenes, gasoline), while in the case of LTFT, the products consist of heavy, waxy hydrocarbons
[44,123]. The different operation conditions used in LTFT and HTFT laboratory plants are
listed in Table 12-7.

In the case of Fe-based catalysts, it has been demonstrated that operation conditions and
promoters have an impact on the catalyst activity and selectivity. Alkali metals such as K,Mg,
Na, and Li demonstrate not only a lower CH4 selectivity but also an increase in the reaction
rate, alkene selectivity, and chain growth probability. They also provide resistance to the cat-
alyst against oxidation during the operating conditions, especially when it is in contact with
thewater produced in FT synthesis [114]. Zhang et al. [116,124] showed that the addition of Cu
and Ni to the Fe-Mn-K/SiO2 catalyst results in a reduction in the methane selectivity and an
increase in heavy hydrocarbons, demonstrating that Cu promotes a chain propagation reac-
tion as a result of the high basicity of the surface. On the other hand, increasing the H2/CO
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TABLE 12-6 Reduction Parameters for Fe and Co Catalysts

Catalyst Reactor Reduction agent

Temperature

(�C)
Temperature

ramp (�C/min)

Pressure

(bar)

Space velocity

(l�g�1�h�1) Hours (h)

Fe/Cu/K/SiO2

[111]
Stirred-tank slurry
reactor

Syngas H2/
CO¼0.67

270 0.17 10-25 1 13

Fe-Mn ultrafine
catalyst [112]

Stirred-tank slurry
reactor

Syngas H2/CO¼2 275 - 35 1 32

Fe-Mn catalyst
[113]

Stirred-tank slurry
reactor

Syngas H2/CO¼1 280 - 15-20 0.23 48

Fe/Cu/La/SiO2

[53]
Fixed-bed reactor 5% H2/N2 gas

mixture
400 5 atm. 15.1 1

Fe-Mn catalyst
[118]

Fixed-bed reactor Syngas H2/CO¼2 400 - 25-30 1 32

FeCrAlY foam [51] Microchannel
reactor

5% H2/He 350 - atm. - 12

Co-Ru/Al2O3 [49] Stirred-tank slurry
reactor

H2 400 2 atm. 1.2 24

Co-Ru/Al2O3 [52] Fixed-bed reactor H2 400 1 atm. - 12

Co-Re/Al2O3 [119] Fixed-bed reactor H2 350 1 1 - 16

Co-Re/Al2O3 [71] Fixed-bed reactor H2 250-350 - atm. - Overnight

Co-Re/Al2O3 [120] Fixed-bed reactor H2þHe
1:2

Step 1: 100
Step 2: 350

Step 1: 2
Step 2: 1

atm. - 1
10

Co-Pt/Al2O3 [121] Fixed-bed reactor H2 350 - atm. - 8
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ratio between 1.3 and 1.4 (as can be seen in Table 12-7) results in an increase in the CO con-
version but a reduction in heavy hydrocarbon selectivity as well due to a higher H2 partial
pressure, and, thus, more hydrogen species on the catalyst surface, which will hinder the
combination of the carbon species.

The CO conversion of Co-based catalysts presented in Table 12-7 is influenced by the type
of support and promoters, catalyst type, and operation conditions—temperature, pressure,
space velocity, and H2/CO ratio. Catalysts supported on SiO2 and Al2O3 register higher
CO conversion than TiO2 due to the larger surface area available [115]. Xu et al. [121]
demonstrated that Pt provides a higher enhancement of the CO conversion compared with
Pd or Ru. Also, Pt improved the selectivity for heavy hydrocarbons and the reduction of CH4

selectivity. Das et al. [120] demonstrated that CO conversion increases with Re promoter
loading as a result of a higher reduction of Co.

Variations in the operation conditions of the FT synthesis influence the CO conversion,
chain growth probability a, carbon distribution, and hydrocarbon selectivity toward light
or heavy products, as given below:

• temperature: increasing the temperature results in an increase in CO conversion, CH4 and
C2-C4 selectivity, selectivity for olefins and oxygenates, and a decrease in C5þ selectivity

TABLE 12-7 Operation Conditions for FT Synthesis

Catalyst Reactor

Temperature

(�C)
Pressure

(bar)

H2/

CO

Space velocity

(l�g�1�h�1)

CO

conversion

(%)

Fe-Mn ultrafine
catalyst [112]

Stirred-tank
slurry reactor

260-300 15-31 0.65-
2

1-2.5 91-95

Fe-Mn catalyst
[113]

Stirred-tank
slurry reactor

260-290 9.3-25.3 0.8-
2.5

1-6.6 60-80

Fe-Mn catalyst
[118]

Fixed-bed
reactor

280-340 22.5 1.01-
2.74

0.8-5.6 64-88

Fe-Mn-K/SiO2

[116]
Slurry reactor 250 15 1.35-

1.4
- 59-74

Fe-Mn-Cu-K/SiO2

[116]
Slurry reactor 250 15 1.35-

1.5
- 62-76

Co-Ru/Al2O3 [42] Stirred-tank
slurry reactor

210-240 20-35 1-2.5 0.5-1.5

Co-Ru/Al2O3 [44] Fixed-bed
reactor

210-240 25 0.5-2 0.448

Co-Re/Al2O3 [119] Fixed-bed
reactor

210 20 2.1 - 40-50

Co-Re/Al2O3 [120] Fixed-bed
reactor

210 19.7 2 2 70-75

Co-Pt/Al2O3 [121] Slurry reactor 230 20 2 - 61.3
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and a value. A high temperature results in a shift toward light hydrocarbons due to the
increase in H2 partial pressure inside the reactor, and thus more hydrogen species get
on the catalyst surface, leading to chain termination and release of hydrocarbons; also,
the olefins are hydrogenated and their chain propagation is suppressed [49,52,53,113,
123,125,126];

• pressure: increasing the pressure can result in different behaviors. In some experiments,
the product distribution was independent of the reaction pressure [53,113], while in others
the increase in pressure resulted in an increase in CO conversion, C5þ selectivity, and
a value, and a decrease in CH4 and C2-C4 selectivity [49,112,127]. An increase in CO
conversion means that more C1 intermediates get on the catalyst surface, increasing the
rate of propagation and the chain growth;

• H2/CO ratio: increasing the H2/CO ratio results in an increase in CO conversion and
selectivity of alkenes, and a decrease in the C5þ selectivity and a value due to the
enhancement of H2 species, which separate and hinder the combination of the carbon
species [49,52,112–118];

• Space velocity: a higher space velocity results in a sharp decrease in CO conversion, due to
a decrease in the residence time of the reactants and products. Regarding hydrocarbon
selectivity, the effect of space velocity is variable; for instance, when using an Fe-based
catalyst and a low H2/CO ratio, the C5þ selectivity increased with an increase in the space
velocity. Even though the residence time was lower, the effect of the low H2/CO ratio was
more pronounced, which favored chain growth [113,118]. On a Co-based catalyst and
constant H2/CO¼2, the CH4 selectivity decreased because of the negative influence of
space velocity.

12.7.2 Aging of the Catalyst

Studying the deactivation of the catalyst during FT synthesis is a major challenge par-
ticularly in the case of cobalt-based catalysts. Iron-based catalysts are less sensitive to the
synthesis gas quality (catalyst poisoning is less crucial). However, determining the origin
of the deactivation is difficult. Several reasons could contribute to the loss of activity
or selectivity, such as poisoning by sulfur and/or nitrogen-containing compounds in
the synthesis gas feed; oxidation of the active metal cobalt to an inactive cobalt oxide;
cobalt-support compound formation (silicates, aluminates); sintering of cobalt crystallites
into larger ones and surface reconstruction; and carbon formation and attrition of catalyst
particles. The given reasons for deactivation could be more or less pronounced according
to the type of reactor, the nature of the support, and the syngas conversion (increase in the
water partial pressure with an increase in conversion). Generally, the deactivation is due to
a combination of several phenomena. Excellent analyses of the reasons for the deactivation
of cobalt-based FT catalysts are available [128,129]. Most of the research (60% of the arti-
cles) in cobalt-based catalyst deactivation has been focused on cobalt oxidation, and only
14% on metal sintering [129].

Deactivation of the catalysts (loss of activity) in a demonstration plant could be described
in two periods [130]. The first one corresponds to a reversible deactivation and lasts
from some days to some weeks. The deactivation percentage could be high (20-40%)

432 12. FISCHER-TROPSCH SYNTHESIS TO BIOFUELS (BtL PROCESS)



[129,130]. The second period is a long-term, irreversible deactivation. However, better
knowledge of the mechanisms of deactivation could initiate a successful regeneration
procedure [129].

1. Poisoning by sulfur and nitrogen-containing compounds: Poisoning by the impurities of
syngas is totally independent of the operating conditions and of the nature of the catalyst,
and, if the severity of deactivation is high, the sulfur and nitrogen compounds can be
removed from syngas. Cobalt-based catalysts are more sensitive to sulfur than iron-based
catalysts; thus, additional gas cleaning steps are required in order to lower the sulfur
content from 100 ppb (Fe) to 10 ppb (Co) [11]. It is also a fact that Co-based catalysts have a
higher activity and a longer life time, but they are much more expensive than Fe-based
catalysts. So removal of sulfur has to be more efficient. Sulfur adsorbs strongly on catalytic
active sites, thereby physically blocking the sites. For a Co/Al2O3 catalyst, it has been
shown that one adsorbed sulfur atom poisons more than two cobalt atoms [131]. The
nature of sulfur (organic, inorganic) is important since the adsorption phenomena are
different. In the case ofH2S, which is generally used as the probemolecule, studies agree on
the negative effect on the catalytic activity and also on the catalyst selectivity. Directly
linked to the high loading of H2S, less CO conversion, less C5þ and C25þ hydrocarbons, and
more CH4 and C2-C5 hydrocarbons fraction are formed [132]. A negative effect on catalyst
reducibility has also been reported. Removal of nitrogen compounds (NH3, HCN) is also of
prime importance. Concentration in the feed of less than 50 ppb has been proposed for
syngas and methane on cobalt catalysts [133]. Fortunately, the deactivation appears to be
reversible [129].

2. Reoxidation of cobalt: With cobalt catalysts, oxygen of CO (surface oxygen or OH species)
is eliminated mainly as water during the FT synthesis, and a reoxidation of the metallic
cobalt active sites is possible, especially at high CO conversion when the partial pressure of
water is high compared to that of H2 and CO. The effect of water has beenwell described in
recent articles [42,134,135]. The stability diagram of bulk cobalt metal and cobalt oxides
shows clearly that reoxidation of metallic cobalt is not feasible under FT conditions, but
thermodynamic calculations have demonstrated the possible oxidation of spherical cobalt
particles of less than 4.4 nm if CO conversion is high (75% conversion, T¼220 �C) [136].
The discussion on the possible reoxidation of cobalt metal particles is still under
controversy. Numerous studies—not always in the true FT operating conditions (e.g.,
addition of water)—have indicated a possible reoxidation of the surface depending on the
operating conditions and cobalt dispersion [137,138]. The effect of water on reoxidation is
also strongly related to the nature of the support (Al2O3, SiO2, TiO2), on the presence of the
promoter (Re, Pt), and on the size of the pores of the support. As an example, a study on
Co/SiO2 was carried out in a simulated FT environment with different cobalt crystallite
sizes (4, 13, 28 nm). The smallest crystallites were resistant to oxidation, while particles of
13 nmwere largely oxidized (30%), and on crystallites of 28 nm, less than 2% oxidationwas
found [139]. On alumina (Co-Pt/Al2O3 catalyst) in industrial FT conditions, XANES
analyses of 6-nm average cobalt crystallites showed a significant increase in the fraction of
metallic cobalt. So the authors concluded that deactivation was not due to reoxidation for
cobalt particles larger than 6 nm or even 2 nm, as reported in another study [129,136,140].
It was also demonstrated in hydrothermal FT conditions that the presence of water induces
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phase transformation with cobalt-silica mixed oxide formation [141,142]. Formation of
cobalt-alumina mixed oxides was also indicated and related to reoxidation of cobalt.
Reoxidation increases the mobility of cobalt crystallites and assists in the formation of
inactive mixed oxides, but leads to sintering as well. Another explanation for Co/SiO2 or
Co/Al2O3 catalysts, based on revised thermodynamic calculations, is that mixed
compounds are formed from unreduced cobalt oxide and not from cobalt that was
oxidized [129]. The presence of water favors hydration of alumina, which enhances the
diffusion of small CoO particles. The conclusion of Saib et al. [129] was that, under
realistic FT conditions, reoxidation does not occur for cobalt crystallites larger than 2 nm.
This was supported by the work of the same group [135,136,139,140] and that of other
groups [143–146].

3. Sintering: Sintering is, in metal catalysis, a common mechanism of deactivation and is
based on the surface energy minimization of the crystallites. This process is favored by
high temperature and water vapor but decelerated by interactions with the metal
support. It depends on the size of the metal crystallite. Generally, sintering is considered
as an irreversible phenomenon; however, with the reduction-oxidation-reduction (ROR)
sequence, it may be possible to redisperse the catalyst and to restore the initial activity.
Commercial Co/Pt/Al2O3 catalysts have been studied after use in a slurry bubble
column reactor [129,140,147]. By transmission electron microscopy (TEM), it was
demonstrated that initially cobalt, in crystallite sizes of between 3 and 15 nm (maximum
abundance 6 nm, average size 9.5 nm), is located in larger grape-like regions (100 nm)
well distributed on the alumina support. After 20 days, TEM showed an increase in the
crystallite size from 9.5 to 15 nm occurring in the first 15 days and a partial disappearance
of the grape-like feature. With a direct correlation between activity and cobalt metal
surface, it has been calculated that the contribution of sintering is about 30% of the
observed loss in activity [129]. After the ROR sequence, the grape-like features are again
visible in the small cobalt particles. Activity is totally recovered but ROR regeneration
includes both redispersion of the metal and oxidation of the deposited carbon, and
total recovery of activity cannot be attributed solely to the redispersion of cobalt particles.
On Co-Re-Al2O3 catalysts, tested under relevant conditions, synchrotron X-ray
diffraction showed no increase in particle size at 210 �C after 2 h, but there was an
increase of 20% with an increase in temperature to 400 �C. Another study on Co/Al2O3

showed an increase from 6 to 10 nm of fcc (face-centered cubic) Co crystallites at 210 �C,
20 bar [148]. The group of Davis [120,149,150] showed with extended X-ray absorption
fine structure an increase from 2.7 to 7.6 in the coordination number of the first Co-Co
shell, suggesting the sintering of the cobalt clusters in a Co-alumina promoted (Re)
catalyst. The same trend was found when cobalt was promoted by Pt or Ru. Sintering of
cobalt may be accelerated by the presence of water [151]. As an example, de Smit and
Weckhuysen [152] observed by TEM the sintering of cobalt crystallites from 5 to 11 nm
(220 �C, 35 bar, 10 bar steam), and Bian et al. [145] also showed sintering for a Co/SiO2

catalyst (240 �C, 10 bar, 90% CO conversion). Coalescence is proposed as the
predominant sintering mechanism.

4. Carbon formation: Carbon formed by COdissociation is the reactive intermediate species
in the FT reaction. If the hydrogenating power of the catalyst is too low, part of this carbon
could be transformed into a more stable carbon with a gradual transformation to
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polymeric carbon, which could contain some hydrogen atoms, and then finally to
graphitic carbon. Carbon bound irreversibly to active sites has a detrimental effect on the
FT reaction. Other possibilities are the reactions with active metals to form iron or cobalt
carbides or the electronic modification of the metallic phase. The probability of bulk
cobalt carbide is low compared to that of iron carbides. In fact, the diffusion rate of carbon
in cobalt is 105 lower than in iron [152]. Some authors [152–154] have attributed the
deactivation of catalysts to the carbidization of bulk cobalt. However, it has been shown
that hydrogenation of bulk cobalt carbide leads to the formation of a cobalt structure
(hexagonal close-packed cobalt structure), which is highly active in the FT process [155].
Carbon deposited on the support is not considered to decrease the catalytic activity.
Carbon on the catalytic surface could also originate from side reactions: namely,
decomposition of CO by the Boudouard reaction, or decomposition of already formed
high molecular weight hydrocarbons (C >100). Such hydrocarbons block parts of the
pores and of the catalytic surface (high residence time), lose part of their hydrogen atoms,
and transform progressively into coke or graphite-like species [156]. It has been
suggested that the initial deactivation could be a result of the selective blockage of the
smallest pores [157]. By temperature programmed hydrogenation or/and oxidation,
different carbonaceous species have been characterized on a Co-Pt/Al2O3 tested
under industrial conditions [158]. Peaks at �250, 340, and 430 �C correspond to
carbon species hydrogenation. The last one, less reactive for hydrogenation in CH4,
was identified as polymeric carbon [158]. The amount of polymeric carbon is
proportional to the time on stream, and was postulated as the main cause of the low
decrease in activity in the long run (second part of the deactivation curve). Another
possibility of the carbon surface evolution is its diffusion into the first subsurface layer
(thermodynamically favorable) [129]. The presence of subsurface carbon is likely to
reduce CO adsorption and dissociation on nearby atoms. Finally, surface carbon could be
involved in the process of metallic surface reconstruction observed under a syngas
environment [159] between fcc Co(100) and fcc Co(111) faces. A number of studies are
indirectly related to surface reconstruction, especially studies showing that activity
increases after some days on stream until the catalysts reach the most active FT
structure [160,161].

5. Attrition of catalyst particles: Attrition is more intense in fluidized- or slurry-bed reactors,
and themechanical strength of the support and of themetal loading are critical parameters:
Al2O3>TiO2 (rutile)>SiO2 [162]. Abrasion or fragmentation of catalyst particles may
result in catalyst loss, production of fine particles, and modification of fluidization
properties with catalyst deactivation.

12.8 MECHANISM OF FT REACTIONS

The mechanism of carbon-carbon bond formation in FT synthesis has been the subject
of extensive study for over 80 years. An understanding of the surface chemistry at the
molecular level is seen by many researchers as essential for scientific understanding and
maybe to improve the design of future catalysts. However, as indicated recently [11], there
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is no evidence that catalysts have been developed on the basis of a given mechanism.
The mechanism has been the subject of long academic studies, and has been reviewed ex-
tensively [163–170]. This is due mainly to the complexity of the CO chemistry and to
the broad product range (number of carbons involved and chemical nature of the formed
products). Although the formed hydrocarbons are, in a first approach, in agreement
with a polymerization model (the ASF model), the process is not a simple polymerization
reaction. The main difference with a polymerization is that the monomer(s) has to
be synthesized in situ fromCO andH2 on the surface of the catalysts. This is why knowledge
of the nature of the active species on the catalytic surface seems to be so important.
A great number of mechanistic schemes have been proposed where the fundamental differ-
ences, as well as the nature of the monomer and of the initial active species, are being
investigated. Most supported mechanistic proposals are briefly described in the following
paragraph.

The first one is the hydrogenation into the CH2 (CHx) group of the carbidedmetal surface
[10,171], the metal surface (M) being carbided by gaseous CO. It has subsequently been
slightly modified, and involves, first, a CdO bond dissociation into carbon and oxygen sur-
face species. Surface carbon then reacts with chemisorbed hydrogen atoms to form a C1 in-
termediate species M-CHx. The oxygen adsorbed is eliminated from the surface by reaction
with adsorbed hydrogen (water formation on cobalt catalyst) or with adsorbed carbonmon-
oxide (CO2 formation on iron catalyst). The M-CHx species reacts with another M-CHx spe-
cies for a growing chain via insertion of a CHx group into the metal-carbon bond of the
second entity. This mechanism remains the most accepted, and FT synthesis is considered
to proceed via the formation of surface carbide, hydrogenation into methylene species, and
then polymerization. Finally, the chain termination and the hydrocarbon formation are re-
alized by hydrogenation of the surface alkyl group (paraffins formation) or by b-elimination
of hydrogen (olefin formation). Some authors have proposed a reaction between the surface
methylene andmethyl groups for the growing chain [167]. Themost important aspect of this
proposal was to demonstrate the presence and the reactivity of carbene species. Studies
using diazomethane [172] or chlorinated hydrocarbons [173] or cofed alkenes [174] have
given strong arguments to support the participation of CHx species in FT synthesis by
changing the carbene species concentration at the catalyst surface. However, the oldest
studies with precarbided 14C catalyst showed little incorporation of 14C isotope in the
12CO/H2 reaction [175].

With ketene as probe molecule [176], it was observed that the CH2 group did not partic-
ipate in chain growth. This could indicate that all the added CH2 groups might have signif-
icantly different states of absorption compared to CH2 derived from CO hydrogenation. The
characterization of such carbene has also been obtained directly by IR [177] or 13C NMR [178],
by scavenging of alkyl species by pyridine [179] under CO/H2 conditions, or by model stud-
ies using organometallic complexes [169,180,181]. So there is a considerable amount of data to
support the carbide mechanism (Figure 12-17); but several objections remain, mainly the fact
that the mechanism never explains either the branched isomer formation or the formation of
oxygenated by-products (acids, alcohols, ketones, and aldehydes), especially on iron cata-
lysts. It is also true that the evidence for the carbide mechanism could be interpreted in other
ways, especially if we take into account the differences in the activity of CH2 species coming
from different precursors [169,173].
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The second developed mechanism (Figure 12-18) is based on the hydroxycarbene species
(CHOH) as intermediates [163,166]. CO is associatively adsorbed on the surface, and then
partly hydrogenated into hydroxycarbene species. CdC bond formation occurs from the con-
densation of two hydroxycarbenes with water elimination. The mechanism is consistent with
studies using CO-fed alcohols, which indicate that oxygenated surface intermediates are in-
corporated in the chain growth [181]. However, some differences have been found based on
the nature of the catalyst (Fe or Co) [164,168]. But the main problem remains in the explana-
tion of the self-reaction of two hydroxycarbenes to form the carbon-carbon bond.

The third proposal involves CO insertion into a metal-alkyl bond (Figure 12-19) [182–184].
The resulting acyl species could be transformed by hydrogenation into oxygenates or hydro-
carbons. Although evidence has been provided that clearly indicates that insertion of CO into
metal-hydride ormetal-alkyl is feasible [185,186], little experimental support exists for hydro-
carbon formation in heterogeneous catalysis following this mechanism.

The three mechanisms discussed involve only one active species as a chain growth inter-
mediate, namely, CH2, CHOH, or CO, and each proposal has difficulty explaining the full
product FT distribution. This is why some authors propose several intermediates: CH2

and CO to explain the obtained products, and two independent pathways for hydrocarbon
and alcohol formation [62,167,174]. Finally, there appears to be a consensus that more than
one active species may be present on the catalytic surface.
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12.9 CONCLUSIONS

BtL technology plays an important role in the sustainable energy policies, and FT synthetic
transportation fuels are a promising alternative to conventional ones. Based on the investiga-
tions carried out, the following conclusions can be drawn:

• Biomass represents an attractive alternative energy feedstock for synthesis gas production
followed by FT reaction but offers the greatest challenge to the development of gasification
systems due to the lower concentration of contaminants compared to coal.

• Different types of gasifiers can be used for biomass conversion to syngas. Fluidized bed,
entrained flow, and dual fluidized bed are now considered as the most efficient processes.

• Biomass gasification plants for the production of biofuels are under development in
Austria, Germany, Finland, Sweden, Netherlands, Canada, and the United States.

• Syngas produced from biomass has a totally different composition compared to syngas
from natural gas, with a lower H2/CO ratio and more contaminants, requiring more gas
cleaning stages.

• With the existing gas cleaning technologies, namely, wet cold and hot dry gas cleaning, the
synthesis gas can achieve the low concentration of contaminants required by FT synthesis.

• FT reactors have to be chosen not only from the product selectivity point of view, but also
from the economic viewpoint.

• Slurry reactor and microchannel reactors offer the best catalyst utilization and
productivity, but further research has to be conducted in order to enhance their efficiency.

• Reaction kinetics and mechanisms show the complexity of the FT reaction in dissociating
CO and addition of H2 and C on the active surface for chain growth.

• Reduction and operation conditions of the catalyst play crucial roles in the FT synthesis,
activity of the catalyst, and product distribution, and small changes result in significant
deviations in CO conversion, chain growth probability, hydrocarbon distribution, and
selectivity.

• Deactivation of the catalyst is inevitable, and therefore regeneration and promotion of the
catalyst has to be done to achieve a longer life time of the catalyst andmore efficiency of the
FT synthesis.
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